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The biomass-to-liquid Fischer-Tropsch (FT) process is an industrial process that converts bio-syngas in hydrocarbons ranging from C1–C100.
Bio-syngas, a syngasmixture produced frombiomass, is characterizedby aH2/COmolar ratio in the range 1.0–1.5. An iron-based catalyst supported
on silica for CO hydrogenation with 30g/g of metal was prepared, characterized by BET, SEM, TEM, TPR, XRD and tested at different temperatures
and H2/CO ratios in a FT bench scale plant using a Packed Bed Reactor (PBR). The experimental results demonstrated that this catalyst is also suitable
for lowH2/CO ratios, since by increasing the inlet H2/CO ratio, the CO conversion increases, the product selectivity remains largely unchanged, and
the catalyst shows a satisfactory stability as a function of time of stream (TOS). Based on the collected data, a rigorous multi-scale simulation of
reactor behaviour was developed in order to support the experimental tests and predict the reactor yield and conversion. The elaborated kinetic
model is based on the hypothesis that both FT andWater Gas Shift (WGS) reactions are active on the catalyst, and the calculated results agree with
the obtained experimental data.
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INTRODUCTION
Fischer-Tropsch synthesis (FT) is a well-known industrialprocess which uses syngas (a mixture of H2 and CO) toproduce paraffins and olefins with different molecular
masseswhile limiting the formation ofmethane and CO2.
[1] Syngas
can be manufactured from CH4, coal or, more recently, from
biomass.[2] In particular, bio-syngas, the syngas mixture produced
frombiomass, is different from the traditional syngasnot only for its
lower H2/CO but also because it contains CO, H2, CO2, CH4, and N2
in various ratios.[3] Starting from this mixture as feedstock, a
cleaning processmust be applied to remove impurities andproduce
clean bio-syngas which meets FT synthesis requirements.
The use of bio-syngas in FT synthesis is advantageous in terms
of CO2 whole balance, and generates products without sulphur
compounds or aromatic hydrocarbons, which is beneficial for
environmental sustainability.[4]
The FT reaction usually requires catalysts based on iron or
cobalt.[5] It is very important to define the use of traditional syngas
or bio-syngas. If bio-syngas (H2/CO¼ 1/1) is feeding the reactor,
iron catalysts can be used directly in the FT reactor, because iron is
active for both FT andWater Gas Shift (WGS) reactions. TheWGS
reaction raises the H2/CO ratio closer to 2, the stoichiometric ratio
of the FT reaction.[6]
Supported Fe-based catalysts have some advantages (greater
surface area, better dispersion of generated heat, and better
mechanical resistance) compared to the massive iron catalysts
adopted in current FT industrial plants.[7,8] The main drawback of
this kind of catalyst is its lower activity compared to massive
catalysts. For this reason, a high loading of active metal on the
support is required.[7]
A detailed study concerning the optimized quantity of iron and
promoters (K and Cu) on silica-supported catalysts, and a primary
evaluation of the catalytic activity as a function of temperature and
H2/CO ratio of feed was reported in two previous papers.
[9,10] The
determined optimum metal quantities were 30g/g Fe, promoted
with K (2.0g/g) and Cu (3.75g/g). Potassium improves CO
adsorption.[11] and copper promotes the reduction of iron oxide
phases: fromhematite (Fe2O3) tomagnetite (Fe3O4),and then to iron
metal or iron carbide, the active species for the FT reaction.[9,12,13]
A kineticmodelwas proposed and evaluatedmainly on the basis
of CO and H2 conversion.
[14] The same catalyst was characterized
using TEM, SEM, TPR, and XRD.
In the presentwork, a detailed study concerning the BET surface
area and porosity distribution is discussed in order to evaluate the
effect of a high loading of metal on the SiO2 surface area, and the
difference of the pore volume and pore area between the support
without iron and the catalyst. Fe30K2Cu3.75 was tested in a bench-
scale FT plant at different temperatures in the range of 220–260 8C
at 2.0MPa and at different H2/CO ratios (1; 1.5; 2) in order to
simulate different bio-syngas compositions. Based on the collected
data, a rigorous multi-scale simulation of the FT synthesis reactor
was developed in order to support the experiment and to predict
both the reactor yield and conversion measured in the reactor; the
kinetic parameters for both FT andWGS reactions were calculated
with the obtained experimental data and fitted using model-based
nonlinear regression techniques. The data calculated from this
model was used for a detailed comparison concerning the product
distribution using the Anderson-Schulz-Flory theory.
EXPERIMENTAL
All the percentages concerning the catalyst composition are on a
mass basis, while the percentages concerning the CO conversion,
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product selectivity, and hydrocarbon yield are on a molar basis.
The Fe-based catalyst is named Fe30K2Cu3.75 where each number
is the g/100 g of Fe, K, and Cu present in the catalyst.
Catalyst Preparation and Characterization
Catalyst synthesis
The catalyst was prepared according to the traditional impregna-
tion method, always using the same kind of commercially-
available silica support (Fluka product).[9] The support was first
pretreated in air at 120 8C for 12 h, followed by impregnation with
an aqueous solution of Fe(NO3)3  9H2O (Riedel de Haen), KNO3
(Merck), and Cu(CH3COO)2 H2O (Fluka). The catalyst was then
placed in a vacuum oven at 40 8C at 36 rpm for 24 h. The sample
was heated in air at 100 8C for 12 h, followed by calcination at
500 8C for 4 h.
Catalyst characterization
The catalyst’s surface area and porosity distribution were
determined by low temperature (196 8C)N2 adsorption using a
Tristar II 3020 Micromeritics apparatus. Before measurement,
sampleswere outgassed at 200 8C for 1h in a nitrogen flux. Surface
area and porosity distribution were calculated from nitrogen
isotherms by BET and BJH theories using the instrumental
software (Version 1.03).
SEM images were obtained using a Philips XL-30CP with
backscattered electron detector. Conventional temperature-pro-
grammed reduction experiments (TPR) were performed on the
calcined catalyst using a Thermoquest (Model TPR/D/O 1100).
The samples were initially pre-treated in a flow of argon at 200 8C
for 0.5 h. After cooling to 50 8C, the H2/Ar (5.1 L/L) reducing
mixture was flowed through the sample at 30 mL min1, and the
temperature was increased from 50 to 900 8C at a rate of
8 8C min1. The X-ray Powder Diffraction (XRD) patterns were
taken with a computerized Philips PW1710 diffractometer using
CuKa emission, operating at 40 kV and 20mA, step scan
1 8 min1, and 1 s counting time in the 2–408 2u range at room
temperature (25 8C).
Apparatus for FT runs
The Fischer-Tropsch reaction tests were carried out in a bench-
scale fixed-bed tubular reactor, using 1 g of fresh catalyst mixed
with 1 g of diluting material (a-Al2O3, Fluka). This diluting
material must be inert for FT while acting as a good thermal
conductor to control the process temperature; the chosen catalyst/
diluting material ratio was optimized for the experimental setup
used.[15] The catalyst was initially activated in situ under a flow of
H2/CO (ratio of 2/1, sl/h/gcat¼ 3.0 at 350 8C, 0.4MPa for 4 h). It is
convenient to perform the activation operation starting with the
calcined catalyst. Reduction using syngas is preferred to carbon
monoxide alone. In this way, the same gas can be used both for the
activation step and to feed the subsequent FT synthesis without
influencing the catalytic activity of the sample.[9] The catalyst was
tested in a flowof syngaswithH2/CO (molar ratios 2/1; 1.5/1; 1/1;
sl/h/gcat¼ 3.0) using nitrogen as an internal analytical standard
(flow¼ 5.0NmL min1) at 2.0MPa and different temperatures
between 220–260 8C, for 70 h. Analysis of the gas-phase products
(the fraction of C1–C6 not condensed in the cold trap) was
performed with an online micro-gas chromatograph (Agilent
3000A) equippedwith two different columns: thefirst, amolsieves
module, which can separate CO, N2, and CH4 at a column
temperature of 100 8C, and the second, a OV-1 module (stationary
phase of polydymethylsiloxilane), which can separate CO2 and all
hydrocarbons in the range C2–C6 at a column temperature of 45 8C.
In this instrument, the gas sample is split into the twomodules and
analyzed simultaneously. Measurements were taken every
120min during the run.
Liquid products were collected, during the complete reaction
cycle (70 h), in a cold trap (400mL), operating at 5 8C and at the
same pressure of the reactor (2.0MPa), then analyzed by a gas
chromatograph (Fisons—8000 series) equipped with a Porapack-
Q column (this being able to separate the C7–C30 hydrocarbon
fraction). The column temperature was maintained at 60 8C for
1min and then heated to 300 8C at 8 8C min1. The aqueous phase
collected in the cold trap was analyzed by a TOC (Shimadzu
5000A) to identify the quantity of carbonaceous species dissolved
in water. Using all the collected data, a mass molar balance
resulted with a maximum error of 5% moles, for each run.
RESULTS AND DISCUSSION
Catalyst Characterization
All characterization analyses were performed on fresh catalysts,
after the calcination step and before the activation treatment of the
FT reactions.
The BET analysis evaluates the surface area of the support and
the fresh catalyst. Figure 1 shows support (SiO2) and catalyst
(Fe30K2Cu3.75) isotherms. In both cases, they exhibit the typical
form of a Type IV isotherm attributable to the presence of ink-
bottle pores.[16] Specific surface area data are reported in Table 1.
A comparison of data shows that the introduction of iron,
potassium, and copper into SiO2 reduces the surface area from 305
to 133m2  g1 without a significant change of the micropore
percentage. This reduction in surface area may be due to the
diluting effect of the metals.[10]
More interestingmodifications can be highlighted by comparing
the distribution of porosity in terms of incremental pore volume
and pore area, as shown in Figures 2a and 2b, respectively, for the
support (SiO2) and the catalyst (Fe30K2Cu3.75/SiO2).
Figure 1. Nitrogen Isotherms. Dashed line: SiO2; continuous line:
Fe30K2Cu3.75.
Table 1. Specific surface area data
SiO2 Fe30K2Cu3.75
Specific Surface Area (m2g1) 3052 1331
C Constant 137 140
Micropores % 6.5 7.5
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The presence of metals on the silica support induces a decrease
of all mesoporous pores, except in the range 5–10nm, which
instead increase by 92% and 84% for incremental pore volume
(Figure 2a), and incremental pore area (Figure 2b), respectively.
These heavy pore size distribution variations may be explained by
considering that the insertion of metals may cause a partial
occlusion of pores bigger than 5–10nm, by a “lining” of internal
pore walls, thus forming smaller pores in the 5–10nm range.
The TPR profile reported in the previous work shows the
presence of two different reducible species: the first starting from
hematite (Fe2O3) to magnetite (Fe3O4) at 230 8C (first peak), and
the second from magnetite to metallic iron (a-Fe) at 550–750 8C
(second and third peaks).[14] The temperature difference between
the two peaks, associated at the same transition, is due to different
interaction with the Fe support.[17] The Cu promotion shifts the
reduction processes to a lower temperature. The role of Cu has also
been verified in the improvement of iron oxide phase reduction in
high iron-loaded catalysts. A suggested mechanism for this
promotion effect is the migration of atomic hydrogen from
reduced Cu sites to the iron oxide.[18]
The XRD analysis reported in previous work shows that before
reductive activation, which is carried out directly in the reactor
prior to the reactivity test, the iron is present as hematite
a-Fe2O3).
[14] In the sample, the following diffraction peaks related
to 2u were found: 338, 358, 418, 508, 548, 628, 648. These are
indicative of the presence of hematite (a-Fe2O3).
SEM analyses were helpful for evaluating the morphology of
catalysts with high metal iron loading and to verify metal
dispersion. Both SEM (25,31 Kx) and TEM images of the catalyst
at different magnifications are shown in Figures 3a–b, 4a–b.
It is possible to observe Fe aggregates uniformly distributed on
the grain on the bare silica surface. Figure 4a highlights that iron
occludes pores bigger than 5–10nm, consequently increasing the
pore volume and pore area in the range 5–10nm for the catalyst
sample, as previously discussed in the BET analysis.
Fischer Tropsch Results
The results obtained in the FT plant are presented in terms of CO
conversion and selectivity toward CO2, CH4, light hydrocarbons
(<C7; having less than 7 carbon atoms), and heavy hydrocarbons
(>C7; havingmore than 7 carbon atoms).Moreover, the total yield
of C2þ has been calculated as a combination of the CO conversion
and product selectivity, disregarding methane and carbon dioxide
because they are regarded as undesired byproducts of the FT
process.
The FT data were collected from the start of the kinetic test until
the reaction reached steady state (constant values of CO
conversion and product selectivity) with an online analysis
made every 2 h, for a duration of 70 h. In order to evaluate
catalyst stability, CO conversion and selectivity toward products
as a function of TOS are reported in Figures 5, 6a–c.
The results in Figure 5 show that the catalyst exhibits
satisfactory stability in terms of reactant conversion as a function
Figure 2. Pore size distribution: (a) incremental pore volume, (b) incremental pore area. White columns: SiO2; black columns: Fe30K2Cu3.75.
Figure 3. SEM analysis of Fe30K2Cu3.75.
Figure 4. TEM analysis of Fe30K2Cu3.75.
Figure 5. CO conversion as a function of TOS: (*) H2/CO¼2/1; (X)
H2/CO¼1.5/1; (&) H2/CO¼1/1. T¼250 8C, P¼2.0 MPa.
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of TOS. Moreover, CO conversion is strongly influenced by the
2/CO reactor feed and reaches a stable value after 40 h from the
start of the kinetic test.
The selectivity is stable as a function of TOS and is constant from
the start of the kinetic test. Moreover, the selectivity towards the
reaction products (CO2, CH4, and heavy hydrocarbons) is
independent of the H2/CO ratio, remaining essentially unchanged
for 1<H2/CO< 2, in agreement with other works.
[19]
In order to compare the catalytic performance at the different
conditions tested, the C2þ yield at different reaction temperatures
and H2/CO ratios is reported in Figure 7.
The C2þ yield is calculated as follows:
C2þyield ¼ 0:01ð< C7 selectivityþ > C7 selectivityÞCOconversion ð1Þ
As Figure 7 shows, the H2/CO ratio influences the C2þ yield at
the same temperature, i.e. 250–260 8C. The catalyst also shows
good performance at low H2/CO (< 2/1), which is the stoichiom-
etry for the FT reaction.
The probability of chain growth (a) is one of themost significant
parameters in FT, and it is calculated from the experimental results
using the Anderson-Schulz-Flory distribution. In Table 2, the a
values are reported for the catalyst at 250–260 8C and different H2/
CO ratios for the range C1–C30.
The probability of chain growth remains steady in the range
250–260 8C and 1<H2/CO< 2. The temperature range considered
was limited because this parameter was already optimized for this
kind of catalyst in our previous work.[9]
Following the kinetic tests, gas-chromatographic analyses of the
heavy organic fraction collected in the cold trap were performed.
The molar fractions of the products at different H2/CO ratios and
250 8C are reported in Figure 8.
Figure 6. Selectivity to (*) <C7; (&) CO2; (X) CH4 with H2/CO¼2/1 (a),
H2/CO¼1,5/1 (b), H2/CO¼ 1/1 (c). T¼250 8C, P¼2.0 MPa.
Figure 7. C2þ yield at different temperature and H2/CO¼2/1 (black
columns), H2/CO¼1.5/1 (grey columns), H2/CO¼1/1 (white columns).
Table 2. a values for the sample Fe30K2Cu3.75 at T¼250–260 8C
H2/CO
aC1-C30
T¼250 8C
aC1-C30
T¼260 8C
2/1 0.74 0.73
1.5/1 0.76 0.73
1/1 0.76 0.74
Figure 8. Mol% of C7–10, C11–20, and C20–30 lumps with different H2/CO
ratios at T¼250 8C.
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In order to simplify the obtained results, the molar fractions of
the heavy organic phase were grouped into three different groups,
C7–10, C11–20, and C20–30. The results of the GC analyses confirm
that themolar distribution of the C7–10, C11–20, and C20–30 groups is
not strongly influenced by the H2/CO ratio; this trend is also
confirmed at the different reaction temperatures tested.
KINETIC MODEL
A key point in the proposed kinetic interpretation is related to the
co-presence of FT and WGS reactions, both active on the catalyst.
This hypothesis was already verified and discussed for these kind
of supported iron-based catalysts in our previous work.[9] The rate
constants can be obtained via model-based regression of both
reactions, which we will refer to as kFT (FT reaction) and kWGS
(WGS reaction) hereafter.
The modelling work is based on the steady state experimental
data obtained at different temperatures and H2/CO ratios, shown
in Figures 5–6, which confirm that the catalyst is not deactivated
as a function of TOS. The constructed kinetic model allows us to
simulate the performance of these types of catalysts at different
temperatures and different syngas feeding ratios.
The novelty of this work with respect to the previous study
is that the probability of chain growth and the catalyst efficiency
are taken into account for the evaluation of the kinetic
parameters.[14]
Two equations, suitable for fixed bed reactors with iron-based
catalysts, which express the rate of the FT andWGS reactions used
for the regression are reported.[20]
rFT ¼ kFT PCO PH2PCO þ aFT PH2O þ bFT PCO2
kFT ¼ molKgcat  Pa  s
 
ð2Þ
rWGS ¼ kWGS PCO PH2O  PH2 PCO2=KpPCO þ aWGS PH2O þ bWGS PCO2
kWGS ¼ molKgcat  Pa  s
 
ð3Þ
The reaction rate is a function of the partial pressures of the
reactants (CO, H2, H2O, and CO2), the experimentally determined
Kp, and the adjustable parameters (k0,i, aFT/WGS, bFT/WGS). The
constant k0,i is dependent on temperature, based on the Arrhenius
equation. The equilibrium constant Kp is expressed as follows:
Kp ¼ e 4578T  4:33
 
ð4Þ
The regression of the parameter values k0,i was obtained with
MATLAB (version R2014b) using literature values for k0,FT,
k0,WGS, aFT, aWGS, bFT, and bWGS for the first attempt.
[21] The
software allows the regression of the parameters k0,FT, k0,WGS, aFT,
aWGS, bFT, and bWGS by setting a weighted least-squares type
objective function that must be minimized as much as possible up
to a tolerance of 106 (basis MATLAB tolerance); the objective
function is defined as follows:
Fobj ¼
XN
j¼1 Xi; exper  Xi;model
 2 ð5Þ
where Xi,exper is the molar fraction of the i
th species measured
experimentally during the kinetic runs, and Xi, model is the molar
fraction of the ith species simulated by the model.
The probability of chain growth is given by the Lox and Froment
correlation for iron-based catalysts.[22]
aASF ¼ k1 PCOk1 PCO þ k2 PH2 þ k3
ð6Þ
The problems due to the diffusion of reactants on the catalyst
surface are not negligible and must be taken into account;
the efficiency of the catalyst is expressed as reported in
Equation (7).[21]
hj ¼
R VP
O rj T;Pið ÞgdVcat
Vp  rj Ts Pi;s
 
gcat
ð7Þ
The list of symbols used in Equations (2–7) is reported in the
Nomenclature section.
Model Results
The kinetic parameters were regressed considering all the
experimental results simultaneously at different H2/CO feed ratios
and temperatures after reaching steady state. The results are
summarized in Table 3. The regressed constant and the activation
energy for both the FT and WGS reactions show close agreement
with the parameters found in the literature for a similar catalytic
system, based on an iron catalyst.
The kinetic model constructed with numerical constants
regressed from the experimental data is able to simulate the
Fe30K2Cu3.75 performance at the different temperatures andH2/CO
ratios tested. All the comparisons of the model and the
experimental data refer to the data measured at steady state (after
70 h).
Comparisons of the experimental data and the model as
functions of temperature at H2/CO ratio¼ 2/1 are reported in
Figures 9a–b.
Themolar fractions for each product are not reported in Figure 9
because the light and heavy hydrocarbons are sorted into different
groups: CO, H2, H2O, CO2, CH4, and C3–4, C5–10, C11þ.
In the first two columns (XCO and XH2) the reactant conversions
are reported, and in the other columns the molar fractions of
reactants, products, and different lumps are also reported. As
outlined in Figure 9, themodel shows an accurate prediction of the
trends measured experimentally.
In order to evaluate themodel validity for factors concerning the
product selectivity in greater detail, the experimental Anderson-
Schulz-Flory product distribution was compared with the
Table 3. Comparison between literature and regressed parameters
K0,FT
(mol/Kg  Pa  s)
K0,WGS
(mol/Kg  Pa  s)
EaFT
(kJ/mol)
EaWGS
(kJ/mol)
aFT
()
aWGS
()
bFT
()
bWGS
()
Present work 9.6 9.31 106 85.7 136 4.71 24.47 0.32 0
Rafiee[21] 8.58 9.33 106 86 132 4.8 21 0.33 0
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modelled distribution. The Anderson-Schultz-Flory diagrams
obtained using results predicted by the model at different
temperatures and H2/CO feed ratios are reported in Figure 10.
Figure 10 confirms the close agreement of the constructed
kinetic model with the measured experimental data, also in terms
of detailed product distribution in the range C1–C30.
CONCLUSIONS
A supported iron-based catalyst for FT with a high loading of iron
was synthesized, characterized, and tested. The study of the BET
surface area and porosity distribution confirms that the introduc-
tion of iron, potassium, and copper into SiO2 reduces the surface
area from 305 to 133 m2g1 without a modification of micropore
percentage, but induces a decrease of all mesoporous pores except
for those with diameters of 5–10nm, which instead increase by
92% and 84% for incremental pore volume and incremental pore
area, respectively.
The Fe30K2Cu3.75 catalyst is also active for the FT conversion of
syngas with a H2/CO ratio similar to the ratio of bio-syngas (H2/
CO¼ 1). The catalyst shows good stability as a function of TOS and
exhibits a gradual drop of CO conversion from 49.8% to 23.0% at
250 8C when H2/CO< 2. Selectivity toward the products remains
essentially unchanged at a constant temperature, with about 60%
toward heavy products and 19% toward light products at 250 8C
and H2/CO¼ 2/1.
The selectivity to heavy products decreases with increasing
reaction temperature, while the probability of chain growth as
a function of the H2/CO ratio and temperature remains
unchanged.
Figure 9. (a) T¼250 8C; (b) T¼260 8C. Black columns: experimental data, grey columns: model data. H2/CO ratio¼2/1.
Figure 10. ASF diagram: (*) experimental C1–C6; () experimental C7–C30; (~) simulated C1–C6; (X) simulated C7–C30.
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The developed model shows close agreement with the
experimental data obtained at different H2/CO ratios tested for
both reactant conversion and product selectivity.
NOMENCLATURE
r“i” rate of “i” reaction (mol/s)
P“i” partial pressure of “i” species (Pa)
a“i”, b”i” regressed constants of “i” reaction
k”i” kinetic constant of “i” reaction (mol/Kg Pa  s)
Kp equilibrium constant
Ea“i” activation energy of “i” reaction (kJ/mol)
Fobj objective function
X”i” molar fraction “i” species
aASF probability of chain growth
T bulk temperature (K)
Ts surface temperature (K)
P“i,s” surface partial pressure of “i” species (Pa)
gcat mass of catalyst (g)
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